Synthetic natural gas (SNG) using syngas from coal and biomass has attracted much attention as a potential substitute for fossil fuels because of environmental advantages. However, heating value of SNG is below the standard heating value for power generation (especially in South Korea and Japan). In this study, bimetallic Co-Fe catalyst was developed for the production of light paraffin hydrocarbons (C 2 -C 4 as well as CH 4 ) for usage as mixing gases to improve the heating value of SNG. The catalytic performance was monitored by varying space velocity, reaction pressure and temperature. The CO conversion increases with decrease in space velocities, and with an increase in reaction pressure and temperature. CH 4 yield increases and C 2+ yield decreases with increasing reaction temperature at all reaction pressure and space velocities. In addition, improved CH 4 yield at higher reaction pressure (20 bar) implies that higher reaction pressure is a favorable condition for secondary CO 2 methanation reaction. The bimetallic Co-Fe catalyst showed the best results with 99.7% CO conversion, 36.1% C 2 -C 4 yield and 0.90 paraffin ratio at H 2 /CO of 3.0, space velocity of 4000 mL/g/h, reaction pressure of 20 bar, and temperature of 350 • C.
Introduction
At present, the production of synthetic natural gas (SNG), mainly consisting of methane, has aroused extensive attention and been commercially produced from different starting materials, including coal and solid dry biomass (e.g., wood and straw) [1] [2] [3] [4] [5] . CH 4 via synthesis gas (syngas, CO + 3H 2 ) is an effective and environmentally friendly method, because it emits the smallest amount of CO 2 per energy unit among all fossil fuels. However, the heating value of CH 4 is typically below the standard heating value for power generation (especially in South Korea and Japan) [6] [7] [8] [9] [10] [11] [12] . For power generation, liquefied petroleum gas (LPG, C 3 -C 4 hydrocarbons) must be added to SNG to enhance its heating value; however, the price of LPG is strongly correlated with that of oil. In principle, synthetic light hydrocarbons (C 1 -C 4 ranges) via Fischer-Tropsch (FT) reaction could be added to SNG as a substitute for LPG by using the same syngas source (H 2 /CO ratio = 3.0) for the SNG process. Furthermore, the gas products must maintain a high paraffin ratio, because olefins exhibit a low heating value, as well as being more susceptible to hydration with CH 4 and liquefaction than paraffins of the same carbon chain length under pipeline conditions (-5 • C, 70 bar) [13] . Therefore, the FT product gas must have a high paraffin ratio in C 2 -C 4 ranges, as well as a high light hydrocarbon yield (CH 4 and C 2 -C 4 ) if it is to be used to replace LPG for power generation.
Inui et al. reported a "high calorific methanation" process using Co-Mn-Ru/Al 2 O 3 catalyst for the production of high-calorie gas comparable to natural gas with added C 2 -C 4 hydrocarbons [6] . The Co-Mn-Ru/Al 2 O 3 catalyst afforded high CO conversion (98.8%) and C 2 -C 4 selectivity (19.1%). Lee et al. elucidated the role of each component in the Co-based catalysts, and proposed the 10Co-6Mn-2.5Ru/Al 2 O 3 and 20Co-16Mn/Al 2 O 3 as optimum catalysts for high heating value of SNG [7] . They also developed Fe-Zn and Fe-Cu catalysts, and the Fe-based catalysts were evaluated after caburization and reduction pretreatment [8] [9] [10] . In an earlier report, bimetallic Co-Fe catalysts supported on γ-Al 2 O 3 were developed for the production of light hydrocarbons (C 2 -C 4 ranges) at high CO conversion [11] . It was found that the reducibility of the iron phase was enhanced in the presence of cobalt, leading to enhanced catalytic activity. Of all catalysts, 5Co-15Fe/γ-Al 2 O 3 exhibited the highest C 2 -C 4 paraffin selectivity at high CO conversion. The high CO conversion and similar hydrocarbon distribution of 5Co-15Fe/γ-Al 2 O 3 compared to 20Fe/γ-Al 2 O 3 is due to improved iron reducibility. Moreover, the effects of the H 2 /CO gas ratio and the reaction temperature on the catalytic performance over 5Co-15Fe/γ-Al 2 O 3 catalyst were investigated: the FT catalyst showed high paraffinic C 2 -C 4 selectivity and CO conversion at H 2 /CO = 3.0, reaction temperature of 300 • C and pressure of 10 bar; but this led to substantial byproduct formation, such as C 5+ liquid and waxy hydrocarbons and CO 2 . Despite the high C 2 -C 4 yield, a considerable amount of byproducts (C 5+ hydrocarbons and CO 2 ) need to be condensed or separated to be used as mixing gases in SNG for practical processing. To overcome this problem, hybrid catalysts (FT + cracking) in a double-layered bed reactor system were introduced to minimize C 5+ and CO 2 [12] . The layer of cracking catalysts (SAPO-34 zeolite and Ni catalysts) was loaded underneath the FT catalyst (5Co-15Fe/γ-Al 2 O 3 ) layer in the double-layered bed reactor system. Compared with the FT catalyst in a single-layered bed reactor, cracking catalysts (SAPO-34 and Ni catalysts) convert C 5+ hydrocarbons into light hydrocarbons (CH 4 and C 2 -C 4 ) in the double-layered bed reactor system. In addition, the Ni catalyst improved the CO conversion and reduced the CO 2 yield via methanation.
At present, few studies have made an effort to improve the heating value of SNG by producing paraffinic C 2 -C 4 hydrocarbons and minimizing byproducts (C 5+ and CO 2 ). Although catalytic performance, including CO conversion and hydrocarbon distribution, is strongly dependent on the operation conditions such as space velocity, reaction pressure and temperature in the practical process, these effects were not investigated in detail. Herein, catalytic performance over bimetallic Co-Fe catalyst (5Co-15Fe/γ-Al 2 O 3 ) under different reaction conditions (SV, P and T) is evaluated to determine the optimum operating conditions for the production of high paraffinic C 2 -C 4 yield, as well as reduction of byproduct (C 5+ and CO 2 ). In addition, characterization of the catalysts was performed using inductively coupled plasma optical emission spectroscopy (ICP-OES), X-ray diffraction (XRD) techniques and Brunauer-Emmett-Teller (BET) analysis. Table 1 shows the metal content and textural properties, such as BET surface area, pore volume, and average pore size, of support material (γ-Al 2 O 3 ) and FT catalyst (5Co-15Fe/γ-Al 2 O 3 ). As listed in Table 1 , the metal content in FT catalyst (5Co-15Fe/γ-Al 2 O 3 ) is 5.2 wt.% Co and 14.1 wt.% Fe, which is almost consistent with the intended metal loading. The γ-Al 2 O 3 shows a BET surface area of 156.9 m 2 /g, pore volume of 0.23 cm 3 /g and average pore size of 5.9 nm, and those values decreased after impregnation of γ-Al 2 O 3 with cobalt and iron. In addition to γ-Al 2 O 3 (JCPDS No. Figure S1 ) [11] . However, the XRD peaks of Fe phase are very broad compared to those of Co 3 O 4 phase, due to the high dispersion of iron phase on γ-alumina [11, 12, 14, 15] . In the case of the bimetallic Co-Fe catalysts, the XRD peaks of Co 3 O 4 decreased and those of Fe 2 O 3 increased slightly with increasing iron-to-cobalt ratio. However, fresh 5Co-15Fe/γ-Al 2 O 3 showed XRD patterns of CoO (JCPDS No. 48-1719) and Fe 2 O 3 phases, indicating the incorporation of Co into Fe 2 O 3 after calcination, as shown in Figure 1 [11, 12, 14, 15] . On the other hand, the reduced 5Co-15Fe/γ-Al 2 O 3 showed XRD peaks of Co metal (JCPDS No. 01-1259) and Fe metal (JCPDS No. 87-0722), respectively. The crystallite size of CoO phase is 4.7 nm, while that of Fe 2 O 3 could not be calculated because of the too-broad peaks of Fe 2 O 3 , as mentioned above. In reduced states of the catalyst, crystallite sizes of the Fe metal are~20 nm. Based on the H 2 -TPR results, reduction temperatures of cobalt phase increased, and those of iron decreased with the increasing iron-to-cobalt ratio ( Figure S2 ). Thus, it can be concluded that the incorporation of Co into the Fe 2 O 3 phase results in a weaker interaction between iron and alumina, which enhance the reducibility of iron species and catalytic activity ( Figure S3 ). Therefore, the 5Co-15Fe/γ-Al 2 O 3 catalyst was chosen as the catalyst with optimum mass ratio for the following studies. Figure S1 ) [11] . However, the XRD peaks of Fe phase are very broad compared to those of Co3O4 phase, due to the high dispersion of iron phase on γ-alumina [11, 12, 14, 15] . In the case of the bimetallic Co-Fe catalysts, the XRD peaks of Co3O4 decreased and those of Fe2O3 increased slightly with increasing iron-to-cobalt ratio. However, fresh 5Co-15Fe/γ-Al2O3 showed XRD patterns of CoO (JCPDS No. 48-1719) and Fe2O3 phases, indicating the incorporation of Co into Fe2O3 after calcination, as shown in Figure 1 [11, 12, 14, 15] . On the other hand, the reduced 5Co-15Fe/γ-Al2O3 showed XRD peaks of Co metal (JCPDS No. 01-1259) and Fe metal (JCPDS No. 87-0722), respectively. The crystallite size of CoO phase is 4.7 nm, while that of Fe2O3 could not be calculated because of the too-broad peaks of Fe2O3, as mentioned above. In reduced states of the catalyst, crystallite sizes of the Fe metal are ~20 nm. Based on the H2-TPR results, reduction temperatures of cobalt phase increased, and those of iron decreased with the increasing iron-to-cobalt ratio ( Figure S2 ). Thus, it can be concluded that the incorporation of Co into the Fe2O3 phase results in a weaker interaction between iron and alumina, which enhance the reducibility of iron species and catalytic activity ( Figure S3 ). Therefore, the 5Co-15Fe/γ-Al2O3 catalyst was chosen as the catalyst with optimum mass ratio for the following studies. Figure 2 shows the CO conversion of FT catalyst (5Co-15Fe/γ-Al2O3) as a function of time on stream after reduction at 500 °C for 1 h under a 10% H2/N2 gas mixture. Activity tests were conducted under conditions of H2/CO = 3.0 at different reaction parameters, such as space velocity, reaction pressure and temperature. Overall, CO conversion of the FT catalyst increased with the increase in reaction temperature. Under almost all operating conditions, the FT catalyst maintains its CO conversion and yield of hydrocarbons. However, the CO conversion of the FT catalyst decreased below 10 bar, with a space velocity of 8,000 mL/g/h, at 300 and 350 °C (Figure 2c ). CO conversion Figure 2 shows the CO conversion of FT catalyst (5Co-15Fe/γ-Al 2 O 3 ) as a function of time on stream after reduction at 500 • C for 1 h under a 10% H 2 /N 2 gas mixture. Activity tests were conducted under conditions of H 2 /CO = 3.0 at different reaction parameters, such as space velocity, reaction pressure and temperature. Overall, CO conversion of the FT catalyst increased with the increase in reaction temperature. Under almost all operating conditions, the FT catalyst maintains its CO Catalysts 2019, 9, 779 4 of 11 conversion and yield of hydrocarbons. However, the CO conversion of the FT catalyst decreased below 10 bar, with a space velocity of 8000 mL/g/h, at 300 and 350 • C (Figure 2c ). CO conversion decreased from 64.9 to 55.9% at 300 • C, and from 97.9 to 81.4% at 350 • C as the reaction progressed. It is well known that the deactivation of the catalysts in CO hydrogenation is due to several factors, including sintering, re-oxidation of active materials, poisoning, coke formation on the surface of active materials, etc., but its causes and effects are not elucidated in this paper. The deactivation of the FT catalysts was compensated by the high reaction temperature ( Figure 2c ) and pressure (Figure 2f ), leading to an increase in CO conversion [16] .
Results
Catalysts 2019, 9, x FOR PEER REVIEW 4 of 12 decreased from 64.9 to 55.9% at 300 °C, and from 97.9 to 81.4% at 350 °C as the reaction progressed. It is well known that the deactivation of the catalysts in CO hydrogenation is due to several factors, including sintering, re-oxidation of active materials, poisoning, coke formation on the surface of active materials, etc., but its causes and effects are not elucidated in this paper. The deactivation of the FT catalysts was compensated by the high reaction temperature ( Figure 2c ) and pressure ( Figure  2f ), leading to an increase in CO conversion [16] . The results of the catalytic behavior, such as the initial CO conversion and initial hydrocarbon yield of the FT catalyst, are shown in Figure 3 and 4, and summarized in Table 2 . Figure 3 shows the initial CO conversion of the FT catalyst as a function of reaction temperature. As shown in Figure 3 , the initial CO conversion of the catalyst increased dramatically to 300 °C, and then increased slightly above 350 °C at all pressures and space velocities. Furthermore, it was also found that the CO conversion increased with the increase in reaction pressure, and with the decrease in space velocity. The results of the catalytic behavior, such as the initial CO conversion and initial hydrocarbon yield of the FT catalyst, are shown in Figures 3 and 4 , and summarized in Table 2 . Figure 3 shows the initial CO conversion of the FT catalyst as a function of reaction temperature. As shown in Figure 3 , the initial Catalysts 2019, 9, 779 5 of 11 CO conversion of the catalyst increased dramatically to 300 • C, and then increased slightly above 350 • C at all pressures and space velocities. Furthermore, it was also found that the CO conversion increased with the increase in reaction pressure, and with the decrease in space velocity. At high temperature (≥300 • C), CO conversion appears to be largely independent of space velocity and reaction pressure. It was reported that CO conversion initially increased dramatically, and then decreased with increasing reaction temperatures (>400 • C) [17, 18] . In addition, CO conversion increased with increase in reaction pressure and decrease in space velocity [18, 19] . However, space velocity and reaction pressure have little effect on CO conversion, because high reaction temperature (≥300 • C) has a significant influence on CO conversion.
increasing space velocity under typical FTS conditions. In addition, an increase in reaction temperature shifts the hydrocarbon distribution towards light hydrocarbon products, whereas an increase in reaction pressure shifts the hydrocarbon distribution to heavier products in typical FTS reaction [19] . As shown in Figure 4a , CH4 yield increases with the increase in reaction temperature under all reaction pressures and space velocities. In contrast to typical FTS conditions, improved CH4 yield at high reaction pressure (20 bar) indicates that the higher reaction pressure is favorable for secondary CO2 methanation reaction, as discussed below in Figure 4d [21] [22] [23] [24] . In addition, space velocity did not affect methane yield at relatively low temperature (300 and 350 °C), whereas CH4 yield increases with the increase in space velocity at 400 °C. As shown in Figure 4b , C2-C4 yield reached the highest values at 300 or 350 °C, and then decreased at higher reaction temperatures. Furthermore, reaction pressure enhanced C2-C4 yield, and space velocity is inversely proportional to C2-C4 yield. In the case of C5+ hydrocarbon yield, although it is difficult to confirm the effects of reaction parameters, C5+ yield decreased with the increase in reaction pressure and temperature ( Figure 4c ). As shown in Figure 4d , CO2 yield exhibited almost the same values (ca. 20%) at reaction temperatures between 350 and 400 °C. This is due to the fact that the increase in CO2 production with increasing CO conversion can mainly be attributed to increased water gas-shift reaction (WGS, CO + H2O ↔ CO2 + H2) at high water partial pressures [11, 25] . At 20 bar, however, it is notable that CO2 yield decreases with the increase in reaction temperature, despite almost 100% CO conversion at all temperatures. These results show that higher reaction pressure and temperature are favorable conditions for secondary CO2 methanation reaction. Figure 5 shows the yield of light hydrocarbons in C1-C4 range and ratio of C2-C4 to C1-C4 yield under different reaction parameters, such as space velocity, reaction temperature and pressure. At 10 bar, sum of CH4 and C2-C4 yield increased (45-53 to 63-66%), and ratio of C2-C4 to C1-C4 yield decreased (0.5-0.55 to 0.25-0.35) with the increase in reaction temperature between 300 to 400°C, as shown in Figure 5a . The sum of CH4 and C2-C4 yield decreased from 53 to 45% at 300 °C, but these values did not change a lot at higher reaction temperature (350 and 400 °C) with an increase in space velocity. In addition, the ratio of C2-C4 to C1-C4 yield decreased from 0.35 to 0.25 at 400 °C, but its value remained constant (ca. 0.5-0.55) at lower temperature (300 and 350 °C). At 20 bar, the sum of CH4 and C2-C4 yield increased (58-63% to 73-75%), and the ratio of C2-C4 to C1-C4 yield decreased (0.49-0.55 to 0.30-0.35), with the increase in reaction temperature between 300 to 400 °C, as shown in Figure 5b . The sum of CH4 and C2-C4 yield remained constant at all reaction temperatures between 300 and 400 °C. In addition, the ratio of C2-C4 to C1-C4 yield decreased from 0.35 to 0.30 at 400 °C, but its value remained constant (ca. 0.5-0.55) at lower temperature (300 and 350 °C). Overall, the yield of light hydrocarbons in C1-C4 range increased with increasing in reaction temperature between 300 to 400 °C, because CH4 yield increases dramatically and C2-C4 yield decreases slightly, resulting in reduction of (C2-C4)/(C1-C4) ratio. With increasing in space velocity, on the other hand, the sum of CH4 and C2-C4 yield and (C2-C4)/(C1-C4) ratio decreased slightly. Furthermore, high reaction pressure enhanced the light hydrocarbon (C1-C4) yield and the (C2-C4)/(C1-C4) ratio. At both 10 and Figure 4 shows the initial product yields for (a) CH 4 , (b) C 2 -C 4 , (c) C 5+ and (d) CO 2 under high CO conversion conditions (≥300 • C). The effects of reaction parameters such as space velocity, reaction pressure and temperature on product distribution are strongly dependent on the secondary reactions of primary products including hydrogenation, reinsertion, hydrogenolysis, and isomerization [19, 20] . It is well known that CH 4 increases and C 5+ hydrocarbons decreases with increasing space velocity under typical FTS conditions. In addition, an increase in reaction temperature shifts the hydrocarbon distribution towards light hydrocarbon products, whereas an increase in reaction pressure shifts the hydrocarbon distribution to heavier products in typical FTS reaction [19] . As shown in Figure 4a , CH 4 yield increases with the increase in reaction temperature under all reaction pressures and space velocities. In contrast to typical FTS conditions, improved CH 4 yield at high reaction pressure (20 bar) indicates that the higher reaction pressure is favorable for secondary CO 2 methanation reaction, as discussed below in Figure 4d [21] [22] [23] [24] . In addition, space velocity did not affect methane yield at relatively low temperature (300 and 350 • C), whereas CH 4 yield increases with the increase in space velocity at 400 • C. As shown in Figure 4b , C 2 -C 4 yield reached the highest values at 300 or 350 • C, and then decreased at higher reaction temperatures. Furthermore, reaction pressure enhanced C 2 -C 4 yield, and space velocity is inversely proportional to C 2 -C 4 yield. In the case of C 5+ hydrocarbon yield, although it is difficult to confirm the effects of reaction parameters, C 5+ yield decreased with the increase in reaction pressure and temperature (Figure 4c ). As shown in Figure 4d , CO 2 yield exhibited almost the same values (ca. 20%) at reaction temperatures between 350 and 400 • C. This is due to the fact that the increase in CO 2 production with increasing CO conversion can mainly be attributed to increased water gas-shift reaction (WGS, CO + H 2 O ↔ CO 2 + H 2 ) at high water partial pressures [11, 25] . At 20 bar, however, it is notable that CO 2 yield decreases with the increase in reaction temperature, despite almost 100% CO conversion at all temperatures. These results show that higher reaction pressure and temperature are favorable conditions for secondary CO 2 methanation reaction. Figure 5 shows the yield of light hydrocarbons in C 1 -C 4 range and ratio of C 2 -C 4 to C 1 -C 4 yield under different reaction parameters, such as space velocity, reaction temperature and pressure. At 10 bar, sum of CH 4 and C 2 -C 4 yield increased (45-53 to 63-66%), and ratio of C 2 -C 4 to C 1 -C 4 yield decreased (0.5-0.55 to 0.25-0.35) with the increase in reaction temperature between 300 to 400 • C, as shown in Figure 5a . The sum of CH 4 and C 2 -C 4 yield decreased from 53 to 45% at 300 • C, but these values did not change a lot at higher reaction temperature (350 and 400 • C) with an increase in space velocity. In addition, the ratio of C 2 -C 4 to C 1 -C 4 yield decreased from 0.35 to 0.25 at 400 • C, but its value remained constant (ca. 0.5-0.55) at lower temperature (300 and 350 • C). At 20 bar, the sum of CH 4 and C 2 -C 4 yield increased (58-63% to 73-75%), and the ratio of C 2 -C 4 to C 1 -C 4 yield decreased (0.49-0.55 to 0.30-0.35), with the increase in reaction temperature between 300 to 400 • C, as shown in Figure 5b . The sum of CH 4 and C 2 -C 4 yield remained constant at all reaction temperatures between 300 and 400 • C. In addition, the ratio of C 2 -C 4 to C 1 -C 4 yield decreased from 0.35 to 0.30 at 400 • C, but its value remained constant (ca. 0.5-0.55) at lower temperature (300 and 350 • C). Overall, the yield of light hydrocarbons in C 1 -C 4 range increased with increasing in reaction temperature between 300 to 400 • C, because CH 4 yield increases dramatically and C 2 -C 4 yield decreases slightly, resulting in reduction of (C 2 -C 4 )/(C 1 -C 4 ) ratio. With increasing in space velocity, on the other hand, the sum of CH 4 20 bar, a space velocity of 4,000 mL/g/h and 350 °C are considered to be appropriate conditions for high calorific methanation, since the 5Co-15Fe/γ-Al2O3 catalyst exhibit the highest light hydrocarbon (CH4 and C2-C4) yield and (C2-C4)/(C1-C4), respectively. Figure 6 shows the paraffin ratio (P/(P+O)) with different reaction parameters, such as H2/CO ratio, space velocity, reaction pressure and temperature, where P and O represent the yields of paraffins and olefins in the C2-C4 range, respectively. As shown in Figure 6a , the paraffin ratio increased with increasing H2/CO ratio at a space velocity of 6,000 mL/g/h, although this effect is not noticeable at H2/CO ratios above 2.0, due to the adjustment of H2/CO ratio by WGS conditions [11, 25] . In addition, it was found that the paraffin ratio showed a positive correlation with CO conversion. The fact that the paraffin ratio increases with the CO conversion suggests that increasing the H2/CO ratio and temperatures leads to a second hydrogenation of the olefins into paraffin and an increase of the CO conversion. As shown in Figure 6b , space velocity, reaction pressure and temperature have little effect on paraffin ratio at H2/CO ratio of 3.0, but CO conversion is strongly dependent on reaction temperature. Furthermore, it is found that a higher reaction pressure (20 bar) improved the CO conversion above a reaction temperature of 300 °C, because higher reaction pressure enhanced hydrogen adsorption on support of the catalyst and improved second hydrogenation [19] . Figure 6 shows the paraffin ratio (P/(P+O)) with different reaction parameters, such as H 2 /CO ratio, space velocity, reaction pressure and temperature, where P and O represent the yields of paraffins and olefins in the C 2 -C 4 range, respectively. As shown in Figure 6a , the paraffin ratio increased with increasing H 2 /CO ratio at a space velocity of 6000 mL/g/h, although this effect is not noticeable at H 2 /CO ratios above 2.0, due to the adjustment of H 2 /CO ratio by WGS conditions [11, 25] . In addition, it was found that the paraffin ratio showed a positive correlation with CO conversion. The fact that the paraffin ratio increases with the CO conversion suggests that increasing the H 2 /CO ratio and temperatures leads to a second hydrogenation of the olefins into paraffin and an increase of the CO conversion. As shown in Figure 6b , space velocity, reaction pressure and temperature have little effect on paraffin ratio at H 2 /CO ratio of 3.0, but CO conversion is strongly dependent on reaction temperature. Furthermore, it is found that a higher reaction pressure (20 bar) improved the CO conversion above a reaction temperature of 300 • C, because higher reaction pressure enhanced hydrogen adsorption on support of the catalyst and improved second hydrogenation [19] . ratio and temperatures leads to a second hydrogenation of the olefins into paraffin and an increase of the CO conversion. As shown in Figure 6b , space velocity, reaction pressure and temperature have little effect on paraffin ratio at H2/CO ratio of 3.0, but CO conversion is strongly dependent on reaction temperature. Furthermore, it is found that a higher reaction pressure (20 bar) improved the CO conversion above a reaction temperature of 300 °C, because higher reaction pressure enhanced hydrogen adsorption on support of the catalyst and improved second hydrogenation [19] . Table 3 shows the comparison of the 5Co-15Fe/γ-Al 2 O 3 catalyst under optimum conditions with different catalysts published in other papers. As listed in Table 3 , Co-Mn-Ru catalysts showed high CO conversion and CH 4 yield, but relatively low C 2+ hydrocarbon yield, compared to Fe-based catalysts [7, 8] . Lee et al. [7] reported that Mn promoter in cobalt catalysts acted as a Lewis acid, which increased the carbon chain growth and C 2+ hydrocarbon yield, but suppressed CO conversion. Ru promoter, one of the noble metals, provided the catalyst with hydrogen spillover ability, enhancing the reducibility of the cobalt site and CO conversion, but decreasing the C 2+ hydrocarbon yield. In addition, Ru promoters were substituted to save cost for the catalysts, and 20Co-16Mn/γ-Al 2 O 3 catalyst reduced at 700 • C for 1 h showed similar reactivity to 10Co-6Mn-2.5Ru/γ-Al 2 O 3 catalyst reduced at 400 • C for 1 h. The Fe-based bulk catalysts promoted by Cu and Zn showed high CO conversion and C 2 -C 4 yield, but low paraffin ratio and high byproduct yield (C 5+ and CO 2 ) [8, 9] . On the other hand, the FT catalyst (5Co-15Fe/γ-Al 2 O 3 ) affords high CO conversion (99.7%), high light paraffinic hydrocarbon yield (31.2% CH 4 and 36.1% C 2 -C 4 ), and low byproduct formation (C 5+ and CO 2 ) under optimum conditions (SV: 4000 mL/g/h, T: 350 • C and P: 20 bar). 
Materials and Methods

Catalyst Synthesis
The bimetallic Co-Fe catalyst was synthesized by wet impregnation of γ-alumina (Sigma-Aldrich, St. Louis, MO, USA) with Co(NO 3 ) 2 ·6H 2 O (Sigma-Aldrich, St. Louis, MO, USA) and Fe(NO 3 ) 3 ·9H 2 O (Sigma-Aldrich, St. Louis, MO, USA) according to the same method as our previous papers [11, 12] . During the impregnation procedure of the FT catalyst (5Co-15Fe/γ-Al 2 O 3 ), γ-Al 2 O 3 was added to an anhydrous ethanol solution containing cobalt and iron nitrates. The weight percentages of the cobalt and iron metal based on the catalyst were 5% and 10%, respectively. After stirring for 24 h, the solvent was vaporized in a rotary evaporator at 40-60 • C. The samples were dried at 120 • C for 12 h, and subsequently calcined at 400 • C for 8 h.
Characterization
The metal contents in FT catalyst were measured using inductively coupled plasma optical emission spectroscopy (ICP-OES; Perkin-Elmer, Waltham, MA, USA). Nitrogen adsorption-desorption isotherms at -196 • C were measured using a Micrometrics ASAP 2020 instrument (Norcross, GA, USA) to acquire the textural properties of the materials. Average pore size were measured following the Barrett-Joyner-Halenda (BJH) method. The crystal structure of the FT catalyst was analyzed via X-ray diffraction (XRD; PANalytical, Amsterdam, Netherlands) using a Cu Ka radiation source at the Korea Basic Science Institute in Daegu. Crystallite sizes of metal phase were calculated using the Scherer equation.
Activity Tests
Prior to the reaction, the catalysts (0.5 g) were placed in a fixed-bed stainless steel reactor (1/2 inch I.D.) and reduced with a 10 vol% H 2 /N 2 gas mixture at 500 • C for 1 h. Then, the gas stream (H 2 , CO, N 2 ) was fed to the reactor at a different total gas flow (33, 50 and 60 mL/min); N 2 gas was used as an internal standard in the feed gas. The reactor was pressurized to 10 or 20 bar with the feed gas stream using a back-pressure regulator at constant pressure and heated to 200 • C. Then, the temperature was increased to 250, 300, 350, or 400 • C, and maintained during the FT reaction. All volumetric gas flows were measured at standard temperature and pressure (S.T.P). To prevent the condensation of water vapor and hydrocarbons, the inlet and outlet lines of the reactor were maintained at temperatures above 250 • C, and the liquid and wax products were collected in a cold trap (0 • C) before injection of the gas into the reactor and GC column. The outlet gases were analyzed using a gas chromatograph (Agilent 6890; Agilent, Santa Clara, CA, USA) equipped with both a thermal conductivity detector (TCD), and a flame ionization detector (FID). A packed column (Carboxen 1000; Bellefonte, PA, USA) was connected to the TCD to analyze the CO, H 2 , N 2 , and CO 2 gases, and a capillary column (GS Gas Pro; Agilent, Santa Clara, CA, USA) was connected to the FID to analyze the hydrocarbon gases.
CO conversion, selectivity and yield for each product were calculated using Equations (1)-(4).
CO conversion (carbon mole %) = 1 − CO in the product gas (mol/min) CO in the feed gas (mol/min) × 100
Selectivity for hydrocarbons with carbon number n (carbon mole %) = n ×C n hydrocarbon in the product gas (mol/min) (total carbon−unreacted CO) in the product gas (mol/min) × 100
Selectivity for carbon dioxide (carbon mole %) = CO 2 in the product gas (mol/min) (total carbon−unreacted CO) in the product gas (mol/min) × 100
Yield for hydrocarbons and carbon dioxide = CO conversion × Selectivity 100 (4)
Conclusions
At present, few studies have made an effort to produce mixing gases consisting of paraffinic C 2 -C 4 hydrocarbons into SNG for power generation. In this study, bimetallic Co-Fe catalysts supported on γ-alumina were developed, and the effects of operating parameters such as space velocity, reaction pressure and temperature on catalytic performance were elucidated for the production of light paraffin hydrocarbon yield (C 2 -C 4 range) with high paraffin ratio, as well as reduction of byproduct formation (C 5+ and CO 2 ). It was found that CO conversion increases with a decrease in space velocity, and with an increase in reaction pressure and temperature. CH 4 yield increases and C 2+ yield decreases with increasing reaction temperature at all reaction pressures and space velocities. In addition, improved CH 4 yield at higher reaction pressure (20 bar) implies that higher reaction pressure is a favorable condition for secondary CO 2 methanation reaction. While paraffin ratio shows a positive correlation with the CO conversion according to increasing H 2 /CO ratio, reaction pressure and temperature have little effect on paraffin ratio at a H 2 /CO ratio of 3.0. Based on these results, the optimum conditions were determined to be H 2 /CO of 3.0, space velocity of 4000 mL/g/h, reaction pressure of 20 bar, and temperature of 300 • C, and the FT catalyst (5Co-15Fe/γ-Al 2 O 3 ) affords a high light hydrocarbon yield (31.2 % CH 4 , and 36.1 % C 2 -C 4 ) with high paraffin ratio (0.90). Based on these results, the bimetallic Co-Fe catalysts can be used for production of high paraffinic light hydrocarbons. 
